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Terpenes are an important group of compounds famrddrge amounts in plants. For
the separation of their complex mixtures derivedrfmatural sources, such as essential
oils, supercritical carbon dioxide extraction woblkl of great interest to prevent thermal
degradation of the product. Therefore, the desfggupercritical CQ extraction process

requires the knowledge of the phase equilibriuna.dat

This paper presents experimental equilibrium datadO,+p-cymene at temperature
and pressures varying between 303-343 K and 6-15a, Miespectively. The
experimental data were obtained using a high presgriable-volume view cell. The
results were correlated with the Peng-Robinson temuaising Van der Waals mixing

rule and with several semiempirical methods.

1. Introduction

Terpenes are contained in essential oils and caxtiected from plant materials [1]. Its
extraction is interesting because there are anrtapbtarget market in food, perfumery
and pharmaceutical industry.

Essential oils are traditionally obtained by stedistillation, but this technique can

promote the degradation of thermolabile compouksides, this process presents



several disadvantages, such as the formation gfrdgucts, and important energy
consumption, a low yield and a final product whatmtains solvent residue.

Separation by supercritical fluids is consideredaérrnative process because of low
operating temperature and the complete removablgést. Design and development of
supercritical fluid processes depends on knowlemlgeut equilibrium between liquid
and gases, because a solubility difference of séwvarders of magnitude can be
achieved by an appropriate adjustment of pressustedemperature in the extractor [2].
By this reason, experimental data on high-presphese equilibrium are the basis of
feasibility studies and process design in the fietdsupercritical fluid technology.
Carbon dioxide is a suitable solvent for supeaitifluid extraction, due to its
nontoxicity and low critical temperature, it canused for extracting natural materials.
On one hand, high solubilities in G@hould be achieved, because in this way, lower
CO, flow rates for the same extraction efficiency dam used, which reduce the
installation costs. On the other hand, the,Gount dissolved in the extract is of
interest for the design of the separator, becausedG-extract mixture is expanded to
atmospheric conditions. Normally, the gaseous, @@charging from the expanded
extract is vented to the atmosphere. Therefore,lithed phase composition in the
separator is responsible for one part of the @Ss of a high-pressure extraction plant
[3].

It is interesting to measure the equilibrium dataystems containing terpenes or other
compounds with similar structure.

In this work, vapour-liquid phase equilibrium consgitons of the binary system p-
cymene/CQ at pressure ranging from 50-200 bar and tempeyait/803.15, 323.15 and
343.15 K were measured. Experiments were carriethypthe static analytical method,

using a high pressure variable-volume cell. Theedrpental results obtained were



compared with previous data available in the litexa[4] and were correlated using the

Peng-Robinson equation of state (PR-Eo0S).

2. Experimental section

2.1. Materials
Carbon dioxide (99.8%) was purchased from CarbMegilicos Espafia S.A. (Madrid,
Spain). p-Cymene (4-lsopropyltolugrre97% pure was the selected terpenes supplied

by Sigma-Aldrich and was used without further paoafion. Its structure is represented
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p-Cymene

in Figure 1.

Figure 1. Chemical structure of p-Cymene.

2.2. Equipment and experimental procedure

Experimental measurements were carried out usiigrapressure variable-volume cell
(from Eurotechnica) as it is represented in FigBreThe equipment consists of a
variable-volume cell, supplied with a front and appvindow and light for visual
observation of phase separation. The cell has ainmax capacity of 50 cfhand
contains a piston system, consisting in a manusggure generator, a cylinder and a
movable made of Teflon to avoid pressure drops aviign samples are taken. The
movable piston separates the equilibrium chambam fthe pressurizing circuit. To
allow a smooth displacement of the piston insidedylinder, the piston was driven by
the manual pressure generator and water was us#tke gressurizing fluid. All the
system is heated externally by an air bath mad®obf(methyl methacrylate) capable to

resist temperatures up to 80°C being the temperamside the equilibrium chamber



measured by a thermocouple coupled to a digital nexdtiel testo 925 (Lenzkirch,

Germany).

Figure 2. Experimental set-up employed to high-gues phase equilibria measurements.

p-Cymene was introduced into the cell, and it waged with CQ at low pressure to
remove the residual air. Then, €@as allowed to flow into the cell. Once the
temperature was stabilized, the desired pressuseasiaieved, and the magnetic stirrer
was turned on. After 12 hours, stirring was stopped the mixture was allowed to
repose in order that phase segregation occurred.

Samples from the top and the bottom of the equulibrcell were withdrawn using
capillary lines and needle valves and decompresseatmospheric pressure. Valves
were thermostatized at the same temperature ofethalibrium cell. The manual
pressure generator was employed to keep pressastaod during sampling (£ 1 MPa)
For the determination of the amount of £0n the liquid phase, a sample was

withdrawn from the bottom of the equilibrium cefichexpanded into a glass vial, which



was weighted before and after sampling in a pregianalytical balance with 0.0001 g
accuracy . p-Cymene was collected in glass vialssaparated from the G®y using a
trap. The amount of COwas measured through a gas meter (model RitteD3)G-
Liquid samples were collected by triplicate and tineertainty of the experimental @O
mass fraction was calculated as the average sthdearation (ADD).

The CQ density was calculated as a function of pressuac tamperature with the

equation of Bender.

3. Thermodynamic model

Although cubic equations of state (EoS) are simfiley are suitable for modelling
hydrocarbon systems with light gases such ag @@r wide ranges of temperature and
pressure, including subcritical and supercriticagions. Several authors showed that
Peng-Robinson (PR) EoS can be used to descrijghttee behaviour of carbon dioxide
and terpene oils [3, 5-8].

The cubic equation of state calculates the pragmef a fluid as if it consisted of only
one component. If the fluid is a mixture, the paeters of the imaginary component
must be calculated from the pure component paramefehe real components (Table
1), using mixing rules. The PR-E0S, coupled wita thassical van der Waals mixing
rule with one binary interaction parameter for #té&action parameter, is shown as
follows:
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where P is the pressure, R is the gas constarst tieitemperature and V is the molar
volume, wis the acentric factor, jkis the binary interaction parameter which is
evaluated using a iterative procedure by minimizhmgobjective function (OF) defined

as:
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However, recent studies on the performance of auimeal Equations of State,
concludes that reliable representation of vapoasphcomposition is hard to achieve,
especially at near-critical conditions. By this gea, different semiempirical model,
such as Chrastil [9], and Valle Aguilera[10] werkosen to represent equilibrium
composition, furthermore, these equations need thielywapour phase composition.
Chrastil equation is based on the proposition thatassociation between solvent and
solute molecules produces a solvate-complex givésear relationship between the

logarithmic solubility and logarithmic density ofifg CQ.

nS=c +2c, 1

S S 3 g

where S is the solubilityg is the pure C@density (g/l), T is the temperature (K) and Ci

are the constant correlated. Valle Aguilera prodasenodification by adding one new

parameter to fit.



4. Results

The experimental measurements on the gas-liquidlilegum of the binary system
carbon dioxide (1)/p-cymene (2) were performedG8.85, 323.15 and 343.15 K. The
phase equilibrium was determined for several pressalues, in the range of 40-170
bar. Table 1 shows the experimental vapour-liquadildrium data for the C&p-
cymene system at different temperatures; the vatwestypically averages of three
measurements.

As it is observed, solubility of p-cymene in theostcritical phase and the solubility of
CO; in the liquid p-cymene rich phase increase witbspureThis may be due to the
increase of C@density with increasing pressure, since;@énsity is directly related to
the dissolving power [12].

Table 1. Experimental data on vapour-liquid equilitn in the system C&p-Cymene.

T(K) P (MPa) Xco2 Yco2 S (mg /g CQ)

303.15 5.94 0.36748 0.99872 3.96305
303.15 6.45 0.38789 0.99439 17.36933
303.15 7.63 0.46075 0.99946 1.67191
303.15 9.83 0.61048 0.99939 1.88864
303.15 10.2 0.62518 0.99923 1.45518

303.15 11.79 0.76465 0.99834 5.13959
303.15 12.81 0.87565 0.99770 7.12111

323.15 4.17 0.13525 0.99151 26.28620
323.15 5.67 0.19003 0.98985 31.42578
323.15 6.47 0.24478 0.98771 38.05152
323.15 8.10 0.30509 0.99785 6.65669
323.15 9.49 0.45933 0.99591 12.66320
323.15 9.95 0.53488 0.99509 15.20203
323.15 12.08 0.67414 0.99491 15.75933
323.15 12.62 0.72357 0.99458 16.78106
323.15 13.04  0.77838 0.99262 22.84949
323.15 15.75 0.82495 0.99106 27.67946
323.15 16.22 0.85657 0.98948 32.57135
343.15 6.05 0.12570 0.99947 1.64095
343.15 7.81 0.15240 0.99941 1.82672
343.15 8.82 0.23463 0.99914 2.66268
343.15 9.35 0.30455 0.99901 2.44595
343.15 10.07 0.35221 0.99834 5.13959
343.15 12.42 0.55323 0.99813 5.78978
343.15 12.87 0.58528 0.99802 6.13035

343.15 15.54 0.84283 0.99764 7.30688




Figure 3 shows a general comparison between thgnpe@e solubility data reported by

Wagner and Pawék [4] and the new data measured in this work.
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Figure 3. Phase behaviour of the carbon dioxidg/méhe system at 323.15 K

In order to model the high-pressure phase equilibrof the system carbon dioxide/p-
Cymene, the Peng-Robinson EoS with the classicaingirules was successfully
employed by several authors to correlate experiatelatta of terpene oils [6, 8, 13, 14].
The regression of experimental data was carrieddefihing as the objective function
the minimum of the error between the calculated t#wedexperimental data of vapour
and liquid phases. The critical constants anden@ic factors of the pure

components were taken from Reid and col. [15] anellisted in Table 2.

Table 2. Critical properties and acentric factdrpure components.

Tc(K) Pc(MPa)
CO, 304.12 7.374 0.225
p-Cymene 652.00 3.050 0.376
The optimised values of the interaction paramekggsat different temperatures are

collected in Table 3.



Table 3. Optimised k values of carbon dioxide (1) and p-Cymene (2).

T(K) K12
303.15 0.08556

323.15 0.09182
343.15 0.12915

As it was previously explained, semiempirical equat were proposed to correlate
equilibrium data. The optimal parameters for Chrastd Valle Aguilera equations are

shown in Table 4.

Table 4. Optimised £ C, and G for carbon dioxide and p-Cymene.

Equation Ci G, Cs C,
Chrastil -153.06 50730 11.768 -
Valle Aguilera 26.252 -10730 2.6683 1.1311

Figure 4.a shows the results obtained using Chrasti Valle Aguilera correlations.
Figure 4.b represents the experimental solubil&yues versus the calculated ones
observing that in this case, Valle Aguilera equati@presents slightly better the

solubility behaviour.
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Figure 4. a. Experimental solubility vs. DensityBxperimental Solubilities vs. Calculated.
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